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Abstract: The simulation of an absorption cluller requires thermodynamic models to represent the liquid-vapour
equilibrium and the different properties of the mixture. Three models are tried to find the one which leads to a
realistic description according to the experimental data that we dispose of. The first study is based on the NRTL
model to describe the liquid phase and the Virial equation of state to represent the vapour one. The second
model is the Sovave-Redlich-Kwong equation of state and the last is the PC-SAFT equation of state. We realize
that an acceptable deviation on the compositions and the temperatures calculated by the proposed methods
has significant effects on the sunulation of the column parameters, 1.e. the number of theoretical stages
necessary to accomplish the separation and the position of the feed stage as well as on the quantity of heat
provided to the reboiler, which affects the value of the COP of the machine.
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INTRODUCTION

Fallen into oblivion to the profit of wvapour
compression machines, the absorption machines
know currently a rebirth. When it works with refrigerant
mixtures of comparable volatilities, this process requires
a separation of the components in the generator. This 1s
the study for water/ammonia mixture as well as for
mixtures of light alkanes when they have close volatilities.
This separation takes place in a distillation column made
of a succession of equilibrium stages.

In a first step we have simulated the absorption
machine cperating with ten alkane mixtures!. Then we
have passed to the second step, which consists on the
simulation and the dimensioning of each component of
the machine beginning from the distillation column. When
modelling this apparatus we remarked that the chosen
thermodynamic model for the description of the
liquid-vapour equilibriumn may affect the general
parameters of the column.

The objective of this study is to study the influence
of the method used for modelling the liquid-vapour
equilibrium on the performances of the machine. Tn this
study we will focus on the distillation column.

DESCRIPTION OF THE ABSORPTION
CHILLER AND THE DISTILLATION COLUMN

The proposed configuration, presented on Fig. 1, is
a single effect refrigeration chuller working with alkane

mixtures™. The refrigerant vapour leaving the generator is
liquefied m the condenser, by releasing a quantity of heat
Q. before being cooled in a pre-cooler. The subcooled
liquid is expanded and then it is forwarded to the
evaporator where it will evaporate by absorbing a
quantity of heat Q; from the medium to be cooled. The
overheated vapour 18 put m contact with the poor
solution leaving the generator in the absorber. The rich
solution obtained is pumped towards the generator
passing through a solution heat exchanger.

The alkane mixtures require a multistage separation in
the generator, ensured by a distillation column™ .

Figure 2 illustrates a sunple distillation column
separating the refrigerant-absorbent mixture. This column
is composed of # theoretical equilibrium stages. The feed
mixture is introduced in the stage nea.

To ensure a complete description of the distillation
process, we must identify the variables to be fixed during
its operation™. These fixed variables are:

+  Concentrations or molar fractions of the two
products, at the head and the bottom of the column,
according to the desired separation quality.

»  The working pressure.

»  The feed state: its flow rate, its composition and its
temperature must also be provided.

¢ The condenser temperature.

¢ The last variable to be imposed is the flow rate at an
unspecified point, in our study we chose the reflux
ratio.
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Fig. 1: A simple effect absorption chiller
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Fig. 2: Distillation column

The compositions and the molar flow rates of the
liquid and the vapour entering and leaving each stage, the
temperature, the quantity of heat released at the
condenser Q. and that provided to the reboiler Q; are to
be calculated by simultaneous resolution of the
equilibrium equations, the mass and the energy balances
on each stage.

The simulation of the column consists on the
calculation of the number of the whole theoretical stages,
the feed stage as well as the compositions, the flow rates
and the temperatures on each stage. The discharged heat
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from the condenser and the provided heat to the reboiler
are also determined.

MODELLING THE LIQUID-VAPOUR
EQUILIBRIUM

The liquid-vapour equilibrium of a binary mixture is
completely described by six variables of state: the
temperature T, the pressure P, the molar fractions of the
components of the mixture in the liquid phase (x, for the
most volatile compound and x, for the other) and the
corresponding molar fractions in the vapour phase y, and
y,. These variables are correlated by two equilibrium
conditions and two mass balances, so the system has two
degrees of freedom. Consequently two of the six variables
must be given.

The equilibrium criteria are expressed by the equality
of fugacities of each species present in the two phases.
Fugacities are estimated using the suggested approaches.
If the approach of calculation 1s based on an equation of
state, two other variables must be added, the molar
volume of the ligmd phase V| and that of the vapour
phase V5. This raises the number of variables to eight and
the number of equations to six.

NRTL-Virial approach: According to this approach, the
two phases are described differently; the liqud one 1s
represented by the NRTIL, model (Non Random Two
Liquid) while the vapour phase is described by the Virial
equation of state truncated after the second term'™.

For a binary mixture, the excess free energy is given

as follow:
CZI CZI
—Zlexp| —or, —ib
RT p( “RT)
. X T X, exp(ot21 Eff}
F- AR M)
RT C, Cp,
o OXP| 0y —
RT RT
X, + X, exp —Otu&
RT

Every bmary system 1s described through three
parameters calculated by fitting experimental data, C,,, C;,
and ¢y, = ¢y, This model is improved by adding the effect
of the temperature on these parameters,

C; =Cj +Cl (T -273.15)
oy = o + oy (T —273.15)

(2
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This model with six parameters used to describe the
excess free energy will be used later to calculate the
activity coefficients, which make a correction during the
calculation of fugacity in the liquid phase given by Eq. 3.

} (3)

FB; +(P_RS)VTL
f1L :'\(1(T='X1)X'1P1S CXP|

RT
2 a E a E

RTIny —gf+ Yx | 282 _%8 (4
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Eq. 4 illustrates the expression of the activity
coefficient using the excess free energy.
The fugacity of the vapour phase 1s given by
W
£ :IP 7 g
py, ol P

RTln 5

Y,

This integral is calculated using the suggested
equation of state
Pv = RT + B"P (©)
B, the second coefficient of the Virial equation of
the mixture, 13 calculated from the coefficients of the pure
substances. The coefficient of fugacity @, 1s given by
(7

2
P
Ing, _[22yj13ij - BM}
=1

RT

The coefficients B, are estimated using the empirical
correlations of Connell et Prausnitz!”.

The ecquilibrium state is defined by the following
system of Equation:

{PY1(p1 :flL (8)
Py, :sz (o)
nty. =1 (10)
X +x,=1 (11)

1

The Soave-Redlich-Kwong equation of state: This
approach is based on the same equation of state to
calculate the compositions of the two phases. The chosen
equation is the Socave-Redlich-Kwong equation of state
which describes rather well the liquid and the vapour
phase in the study of non-polar mixtures'®.

The relation between the temperature, the volume
and the pressure 1s as follows
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_ RT B a(T) (1 2)
V-b V(V-b)
a and b are the parameters of the equation of state.
The mixture rules presented in Eq. 13 are used to estimate
the parameters of the equation applied to mixtures.

a_ = Elexjau, b = leb, (13
i i
where a, =a, k, =k =0 and
a :(l—kij) aa, 1#]

The additional parameter £, is introduced to account
for the binary interaction of the two components i and j of
the mixture.

The two equilibrium criteria become
i=12 (14)

s

ox =qy,

The system of equations representing the equilibrium
state has two more equations compared to the last
approach, i.e. those of the equations of state of the two
phases.

The expressions of @", and ¢"; are estimated using

the equation of state according to the following
]

equations!
bV
Ing? = 22(7, 1) In(7, - B)-
_ . (15)
Alg¥an bu gy B
B J; b, Zy
bL
hl(pf:b—m(szl)fln(szB)
: (16)
A \/Efg B

7, and z; are the compressibility factors for each
phase. A and B are functions of the temperature, the
pressure and the composition'®.

The perturbed-chain statistical-associating-fluid-theory
equation of state: Tn the third model described by the PC-
SAFT equation of state, the molecules are modelled by
chains made up of m spherical segments”. The potential
of interaction of a segment u(r) is that of Chen'®.
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u(ry=1—<¢ o<r<io (17)
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where r 18 the distance between two segments, 0 18
the effective diameter of a segment, € the depth of the well
of the attraction potential and 4 its reduced width fixed at
1, 5. According to this model, a pure substance is
characterized by three parameters: the mumber of
segments 1n a chain m, the diameter of the sphere o at
T = 0 and the attraction potential € If specific mteractions,
such as the dipole-dipole electrostatic forces, are not
negligible, parameters characterizing association will be
added.

The PC-SAFT equation of state 1s written using the
reduced free energy which is composed of two parts: the
term corresponding to the energies of translation, rotation
and vibration of the molecule and the term due to the
molecular interactions; this second term corresponds to
the deviations from the perfect gas. Tt is, thus, written in
the reduced form:

(18)

A 1d res
a=——=a +a
RT

The free energy, A, is expressed using its canonical
variables: temperature T, density p and molar
compositions x; of the different components.

The molar free energy of a mixture of perfect gases
depends on the properties of its pure components:

ca

For a pure substance it is given by the following
general relation:

(19)

>

i=1

RT‘_

m%npyﬂﬁ—T$+I%$dr
(20)
+T_[ LaTs RTln[ & }
Po

We notice that starting from a model of the heat
capacity at constant volume C", we can build the
fundamental equation of a pure substance at the perfect
gas state. (T, pp, U S is an arbitrary state of the
perfect gas.

According to the theory of perturbations, the
molecular interactions can be divided into a repulsive part
and an attractive part. The repulsive contribution is
calculated by introducing a reference fluid represented by
a rigid chain which spheres have an effective diameter of
collision d{(T):
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(21)

)= (1— Xp{ ]ﬁi?}Jdr

For the potential of interaction given by equation (1),
integration leads to the expression of the effective
diameter of collision of component i

3¢,
kT

The attractive mteractions are treated as being a
perturbation of the system of reference. The explicit
equation of state in terms of the reduced residual free
energy, a™, is the sum of the contribution of the chain of

hard spheres he and the contribution of perturbation disp
(2.

(22)

d(T)=0, {1 —0.12exp(—

resulting from the attractive interactions

res
res

(23)

— ah: + achsp

RT

If the treated substances would be associated (like
water, for example), a term corresponding to the free
energy of association assec 1s introduced into the
equation

i :ahc+ad15p+aassus

(24)

The contribution of the rigid chain of reference of a
¢ compenents mixture in the free energy is given by

711'121 *EX

x; 18 the molar fraction of component i, m; is the

- 1 In g11 (25)

number of spherical segments in the chain of component
1and m 1s the average number of segments in the mixture.
The free energy of the rigid sphere fluid 1s given by:

8L, &
. :Ahs :i 1-¢, &.3( 3“53) (26)
KT +[§—§§DJIH(1§3)

and the function of radial distribution of the rigid sphere
fluid is:

w1 [ dd ) 3

&) e ey

[ ag, Lo 27)
d+d, | (1-8



J. Eng. Applied Sci., 1 (4): 468-475, 2006

and £, are defined as follow :

e =T ey xmds nefol2s (9)
i=1

The perturbation theory of Barker and Henderson is
used to evaluate the attractive part of the molecular
mteractions. The free energy is written as being the sum
of the contributions of first and second order :

(29)

disp __

AT A A,
RT RT RT

The two terms of the equation are given respectively by

A _
Rirlf =-27N o, (n.m) m’ec’ (30)
i N, pmCL (0 ) mies (31)
=-aN,,pmC [, (nm)m’e’s
RT
The abbreviations C,, %q’. mieis® and the

polynomials for reduced density I and 1, are available n
the literature’®”.
Conventional mixture rules are used to determine the

parameters between a pair of distinct molecules™:

0, (0.+0)) (32)
e, =yes, (1K, G

k; 1s a binary interaction parameter introduced in
order to rectify the segment-segment interactions of the

different chains (k" = 0).

COMPARISON OF THE
DIFFERENT APPROACHES

Tn a first step, several mixtures of alkanes are treated
to evaluate the results of each approach. For each mixture
we know two of the four variables: the temperature, the
pressure, the composition in the liquid phase and that in
the wvapour phase and we calculate the two others
according to the chosen model. The accuracy of each
approach 1s evaluated by calculating the deviation of the
calculated variables from the experimental data. The
relative errors on temperatures and the pressures and the
absolute errors on compositions yield to the evaluation of
each method and the choice of the best one which will be

taken thereafter as reference.
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Next, the distillation column is calculated with the
suggested approaches to evaluate the quantity of heat
required for the generator which gives an idea on the
performance coefficient of the machine.

Calculation of the equilibrium: As an example, Table 1

presents the relative errors on the pressures and the

absolute errors on the molar fractions in the vapour phase

calculated for the propane-pentane mixture at different
T=F

temperatures. }
Relative erroron T = 100 * ( —T™) Relative error on
T=®

(Pexp _ P:alc)

Exp

P= 100*
Absolute error on y,=. 100 *(ylexp _ ylcalc)

Table 2
temperatures and the absolute errors on the molar
fractions in the vapour phase calculated for the pentane-
octane mixture at different pressures.

The accuracy of the two first models depends on the
binary parameters calculated by fitting the experimental
data and the nature of these data themselves.

For the majority of the studied systems the errors
made on the temperature and the composition are more
sigmificant for the first approach. The third approach is
more realistic; consequently, it is taken as a reference,
later, for the calculation of the parameters of the column
and the COP.

illustrates the relative errors on the

Calculation of the column parameters: For ten
refrigeration mixture mvestigated, the absorption machine
is simulated to obtain the mass and the energy flows
entering and outgoing from the column such as the
composition, the rate of the feed and its temperature. The
flow rate of the refrigeration vapour and its temperature,
the flow rate of the poor solution are determined too and
finally the flow rate of the reflux and its composition .
These data are injected thereafter into the column
simulation program.

We propose, as an example, the study of a machine
operating with the c4-c8 mixture, the one of the high
performance among the investigated mixtures. The
operating parameters of this machine are:

The cooling fluid of the condenser and the absorber
is the air

High pressure P, = 4.8 bar

Temperature at the outlet of the evaporator
T,=27515K

Refrigerating power Qp = 17.5 kW
Temperature at the outlet of the
Te=31815K

condenser
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Table 1: Emors on the pressures and the vapour compositions according to
the different approaches for the ¢3-c¢5 mixture. ata is Sage, B.H.,

Table 3: Calculation of the number of stages, the feed stage the COP and
the relative variation of the COP calculated by the three approaches

W.N. Lacey. Ind. Eng. Chem., 32 (1940) 7,992 C3-C5 Qg klmol™ n na COP HCOP
C3-C5 NRTL-VIRIEL ~ 118.54 6 3 0.148 1.93%
SRK 123.19 6 3 0.142 1.93%
T=360.93K NRTL SRK PC-SAFT PC-3AFT 120.87 5 3 0.145
Relative error on P (%6) 9.09 4.92 0.29 TSQI%EL'WRIEL }ﬁ-;g g ‘5‘ 8- } i? i -232;0
Absolut % 0.16 0.87 0.08 - - hrre
Tosrser 9 PC-SAFT 118.54 6 4 0148
S NRTL-VIRIEL ~ 91.81 74 0191 5.54%
Relative error on P (%0) 8.77 540 0.16 SRK 109.25 5 3 0.160 1130%
” . . )
Ab_solute error on v (%) 1.04 0.67 0.19 PC-SAFT 0603 5 3 0.181
T=3%.26K i NRTL-VIRIEL ~ 93.09 32 0188  7.24%
Relative error on P (%0) 742 6.51 0.98 SRK 117.38 3 2 0.149 14.96%
Absolute error on v, (%) 3.40 1.73 Q.18 PC-SAFT 00.83 3 2 0.175
T=41093K NRTIL-VIRIEL ~ 156.90 6 4 0.112 0.71%
Relative error on P (%) 8.77 4.22 1.02 SRK 166.19 7 4 0.105 6.32%
Absolute error on v (%) 6.16 2.39 012 PC-SAFT 155.73 6 4 0.112
T=427.59K NRTL-VIRIEL ~ 85.54 5 4 0.205 2.61%
Relative error on P (%) 12.66 439 0.45 SRK 101.69 5 3 0.172 13.69%%
Absolute error on y; (%6) 7.32 2.51 0.46 PC-SAFT 87.75 5 4 0.199
T=44426 K NRTL-VIRIEL 8217 5 3 0.213 4.95%
Relative error on P (%) 15.99 3.60 1.70 SRK 94.72 4 3 0.185 17.58%
Absolute error on v, (%) 9.35 3.89 1.11 PC-8AFT 7810 4 3 0.224
T=460.93 K NRTL-VIRIEL ~ 161.55 6 5 0.108 7.12%
Relative error on P (96) 2297 0.79 0.80 SRK 184.79 6 5 0095 6.33%
Absolute error on v, (%) 6.91 124 0.22 PC-SAFT 173.17 6 5 0.101

Table 2:  Frrors on the temperatures and the vapour comp ositions according
to the different approaches for the ¢5-c8 mixture. The reference of
the experimental data is Chueh, P.L., JM. Prausnitz,

calculated
C5-C8
P =0.507 bar NRTL SRK PC-SAFT
Relative Error on T (%) 0.38 0.07 0.21
Absolute Error on 'y, (%) 0.46 0.11 0.35
P=2.027 bar
Relative Error on T (%) 1.70 0.12 0.16
Absolute Error on y; (%) 1.39 0.30 0.13
P=3.041 bar
Relative Error on T (%0) 2.39 0.25 0.11
Absolute Error on y; (%) 218 0.43 0.04
P =5.068 bar
Relative Error on T (%) 4.41 0.40 0.01
Absolute Error on 'y, (%) 4.27 0.37 0.14
P =7.095 bar
Relative Error on T (%) 6.73 0.40 0.03
Absolute Error on 'y, (%) 4.27 0.20 0.15
P=11.149 bar
Relative Error on T (%) 14.28 0.30 0.14
Absolute Frror on y; (%) 0.07 0.01 0.15

¢  Composition of the poor solution x,= 0.124

¢ Temperature at the outlet of the absorber Ta
=318.15K

*  Low pressure Py = 1.0 bar

*  Composition of the refrigerating vapour y,= 0.99

*  Temperature pinch in the precooler pinl = 10K

*  Temperature pinch in the solution heat exchangers
pin2 =5K

In addition to the COP, the simulation program of the
machine gives the state of the mixture in any point of the
cycle (the temperature, the pressure, the flow rate and the

composition) and the exchanged heats. The specific
parameters of the mass and energy flows managing the
column are;

. Rate of the feed = 8.8 mol/s

. Composition of the feed = 0.217

. Temperature of the feed = 407.6 K

. Flow of the refrigerating vapour = 0.95 mol/s

. Temperature of the refrigerating vapour at the head
of the column = 337.22 K
. Flow of the poor solution = 7.85 mol/s

. Temperature of the reboiler = 423.15K
J Flow of the reflux = 0.43 mol/s
. Composition of the reflux = 0.707

These data are transmitted to the simulation program
of the distillation column to calculate the total mumber of
stages, to specify the stage where the feed is introduced
and the quantities of heat provided to the reboiler and
released from the condenser. The compositions of the two
phases, the temperatures as well as the molar flows on
each stage are also calculated. Table 3 presents some
results: the total number of stages n, the feed stage na
and the COP. This last is calculated from Q; (COP =
Qp/Qg). The third approach is taken as reference in
the calculation of the relative deviation on the COP

(6NRTL _ COPFESATT _ cpptRTE ‘ %100
cop COPFESAFT ‘ ?
FCIAFT SRE
%100, 57, = |COP™T —COP™ |y 0y

COPFCRarT ‘
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Interpretations: The deviations, on the equilibrium
calculation, from the experimental data made with the PC-
SAFT equation of state are sigmficantly less than those
with the SRK equation of state and the NRTL model.

The calculation of the liquid-vapour equilibrium
based on the NRTL model for the description of the liquid
phase and the Virial equation of state for the vapour one
requires an important experimental database to determine
the six NRTL parameters for each considered binary
mixture. To have general parameters it is preferable to
have various data, 1.e. liquid-vapour equilibrium data at
different temperatures, mixture enthalpy data and
solubility data. With the limited database we have
conceming some mixtures the calculated parameters may
not describe well the real behaviour at a large mterval of
temperature.

The SRK equation of state is a suitable model to
describe alkane mixtures, generally ideals, especially when
we dispose of many experimental data to determine the
interaction parameter &,

When we have not enough experimental data or
these data are not guarantied, the PC-SAFT equation of
state 13 a very good choice since it offers a realistic
description for the both phases and for the mixture. It
permits to calculate all the calorimetric properties of the
mixture too. This approach seems to be the best and it will
be taken as a reference for the sumulation of the distillation
column and the whole absorption machine later.

The errors made on the calculation of the
temperatures and the compositions will affect the
calculation of the melar fractions, the flow rates and the
quantities of heat exchanged on each stage of the column.
This explains the difference of the three approaches in the
calculation of the total number of stages, of the position
of the feed stage and the quantity of heat provided to the
reboiler.

The simulation of the distillation column with the
three proposed approaches gives different results
concermng O, nand na.

The Q calculated with the SRK equation of state 13
generally less than that calculated with the PC-SAFT
equation. This is due to the weakness of the model based
on the SRK equation. Indeed, this equation describes well
the liquid phase as well as the vapour one but it is not a
fundamental equation of state, so it don’t provide a real
description of the calorimetric properties of the mixture,
specially the enthalpy in our study. This cubic equation
of state used in the two phases offers a completely simple
description of the system. Unfortunately, a volumetric
equation of state does not give a complete description of
the system. We do not have any information on the other
heating properties of the system (enthalpy, entrop).
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The Q; calculated with the NRTL-Virial approach are
generally greater than those calculated with the PC-SAFT
equation of state. This is may be due to the inaccuracy of
the description of the liquid phase illustrated by the six
NRTL parameters. This model can describe the behaviour
of systems presenting a great deviation from the ideality
and can be extended to solutions with several
components. In additton, it offers the possibility of
representation of the enthalpy of the mixture. On the other
hand it presents the disadvantage of requuing a large
database to be accurate.

The PC-SAFT equation of state leads to the
description of all the properties of a mixture (enthalpy,
entropy, volume...) by simple derivation.

The description of the behavior of the mixture using
a chosen model affects also the number of the total stages
required to accomplish the separation and the position of
the feed stage since these two parameters depend on the
calculated molar fractions on each stage.

The error made on the modelling of the equilibrium
will be amplified during the simulation of the column and
other elements of the machine. While passing at the stage
of design, we can have a machine which does not take up
its duties as expected.

CONCLUSION

To have a realistic simulation of the absorption
refrigeration machine, which replies to the industrial
requirements, it is necessary to give a detailed attention
to the model used to represent the thermodynamic
properties at the various points of operation of the cycle.

In this study we study the distillation column, a
principal element of the proposed absorption machine.
This column is simulated using three different approaches
for the modelling of the equilibrium between phases; the
first approach is based on the NRTL maodel for the
description of the liquid phase and the Virial equation of
state for the vapour one. The second approach is a cubic
equation of state, that of SRK. A fundamental equation of
state, the PC-SATFT, is the third approach.

Even though the errors made on the modelling of the
thermodynamic equilibrium are acceptable, they can
generate significant errors on the COP, what we can see
with the SRK equation of state and this will affect later the
dimensioning and the design of the machme.

The modelling approach may be selected according
to the experimental database we dispose, our needs in
term of thermodynamic properties and the complexity or
the non-ideality of the proposed mixtures. In our study
the chosen model is the fundamental ecuation of state
since 1t doesn’t requires a large experimental database and
1t offers a complete description of the mixture.
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Some of the proposed allkane mixtures are rather
promising

refrigerants according to the technical

advantages they offer, such as the possibility of the use
of solar energy or thermal waste as a heat source at a
temperature not exceeding 150°C.

To improve the COP and to reduce the losses of

energy, we can consider a modification of the iutial
configuration of the machine allowing the recovery of the
heat released in the partial condenser by the rich solution
feeding the distillation column.

NOMENCLATURE

reduced free energy

second coefficient of Viriel de 1, m*mol™
coefficient of performance

fugacity in vapour phase, Pa

fugacity in liquid phase, Pa

excess free energy, Jmol”

liquid molar enthalpy on the stage j
vapour molar enthalpy on the stage j
molar enthalpy of feed on the stage j
compound of the mixture

total number of stages

feed stage

feed molar flow on the stage j

saturation pressure, Pa

heat provided or extracted, kJ . mol”

heat provided or extracted from the stage |
perfect gas constant

calculated temperature, K

experimental temperature, K

molar volume, m’ mol'

partial molar volume de i, m’mol”
molar volume of liquid component 1 at saturation,
m’mol’
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Z
Yi
0"

v

(p 1

feed composition on the stage j Greek Symbols
activity coefficient of i

fugacity coefficient of 1 in liquid phase
fugacity coefficient of 1 in vapor phase
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